
Hydrodynamics of Fluidization: Prediction of 
Wall to Bed Heat Transfer Coefficients 

A computer model for a hot fluidized bed was developed. The large heat transfer M. SYAMLAL and 
DlMlTRl GIDASPOW 

Illinois Institute of Technology 
Department of Chemical Engineering 

Chicago, IL 60616 

coefficients characteristic of fluidized beds were computed without an enhance- 
ment of heat transfer by turbulence. They agreed with measurements reported by 
Ozkaynak and Chen (1980) within the accuracy of estimated thermal conductivity 
of solids. 

SCOPE 

Fluidized beds are ideal for gasifying coal due to high rates 
of heat and mass transfer and solids mobility. Environmental 
constraints make them also very useful for coal combustion to 
produce electric power. However, one of the largest concerns 
when using fluidized beds to commercialize many chemical 
processes is scale-up. We believe this is due to the absence of 
an experimentally verified hydrodynamic theory that can de- 
scribe the complicated transient gas and solid motion in a fluid 
bed. During the past few years several organizations began to 
develop hydrodynamic computer models that promise to be 
predictive in many respects. In the area of gasification a 
workshop chaired by Ghate and Martin (1982) summarized the 

models developed by the Systems, Science and Software group 
(Schneyer et al., 1981) and by the JAYCOR group (Scharff et al., 
1982). For fluidized bed combustion, the model by Adams and 
Welty (1979) proved to be very useful for explaining heat transfer 
coefficients from a horizontal tube to a fluidized bed. A cold 
fluidized bed model developed at Illinois Institute of Technol- 
ogy (IIT) (Gidaspow, et al., 1983; Ettehadieh, 1982) for a two- 
dimensional bed was able to predict void distributions, solids 
circulation, and bubbling behaviors. A critical test for a fluid- 
ized bed hydrodynamic model, is its ability to predict the ex- 
perimentally observed large heat transfer coefficients. 

CONCLUSIONS AND SIGNIFICANCE 

The IIT model was extended to a heated fluidized bed. Our 
results suggest that in a bubbling bed the large heat transfer 
coefficients can be computed from our hydrodynamic model 
without the use of any turbulence as used in the model of Klein 
and Scharff (1982). The model itself computes a transient type 
behavior caused by the formation of bubbles, their propagation, 

and eruption at the top of the bed. All the computed variables, 
the void fraction, the gas and solid velocities, and the temper- 
atures undergo a complex oscillatory behavior. 

This model should be useful for studying effects of reactor 
configurations and for making parametric studies for process 
optimization. 

INTRODUCTION 

Fluidized beds find application as excellent heat transfer media. 
The transition to fluidized state is accompanied by a remarkable 
increase in the bed-to-wall heat transfer coefficient. Such a drastic 
change is a result of the peculiar hydrodynamics in the fluidized 
state. Thus it has been a subject of intense investigation for the past 
several years. A review of these studies may be found in Gelperin 
and Einstein (1971), Botterill (1975), and Saxena et al. (1978). 

The complexity of the heat transfer phenomena in the fluidized 
state is attested by the large number of correlations available for 
computing the heat transfer coefficient. But these formulae are 
valid only within the limits of the experimental conditions on which 
they are based, and may differ by almost two orders of magnitude 
from the actual coefficients in some cases (Gelperin and Einstein, 
1971). Hence, the investigators are motivated to study the mech- 
anism of heat transfer more closely. 

From the early 1950s, investigators started proposing mecha- 
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nistic models for predicting the heat transfer coefficient. As pointed 
out by Gelperin and Einstein (1971), these models may be broadly 
classified as follows, on the basis of the dominating mechanism: 

1. Models based on conductive heat transfer through the fluid 
boundary layer near the heat transfer surface. These models have 
the major drawback of neglecting the thermal-physical properties 
of the solid. 

2. Models using the assumption that the dominant part in 
transferring the heat is played by the solids. These models are un- 
suitable for gas fluidized beds. 

3. Models based on the postulate that heat is transferred by 
“packets” of solids which are periodically replaced from the heat 
transfer surface by gas bubbles. This mechanism breaks down for 
E greater than 0.7. 

The last mechanism, originally due to Mickley and Fairbanks, 
has been extensively used in various modified forms. Later in this 
work we will find that the “packet” model is in some respects 
similar to the continuum approach developed here. 
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TABLE 1. HYDRODYNAMIC MODEL 
Continuity Equations 
Gas Phase 

a a a 
- (Pg-E) + 
at aY 

(EPgUg)  + - (fPgVg) = 0 

Solid Phase 
b a a 
- I P J l  - €)I + - IP,U,(l - €)I + - [P8(1 - f)VaI = 0 
at dY 

Momentum Equations 
Gas Momentum in x Direction 

a b b bP - (pgtUg) + - (Pg-EUgU,) + - (PgEVgUg) = --E - + P*(U, - U,)  
at d X  bY ax 

Solids Momentum in x Direction 

a a a aP a7 

aY ax  dX 
7& [PJl - €)U,l + 7& [PA1  - t)UsU,l + - [ P A 1  - f)V,USl = -(I - 6)- + MU, - Us) - - 

Gas Momentum in y Direction 
a a a a P  - fPg€Vg) + - (PgfUgVg) + - (PgEVgVg) = -f - + PJVS - Vg) - P g f g  
at dX aY dY 

Solids Momentum in y Direction 

a a a a P  a7 - [p,(l - €)V,l + - [ P d l  - -E)U,V,l + - [ P S O  - t)VSV,l = -(1 - 6 )  - + PJVg - V,) - P d l  - -E)g - - 
at d X  aY dY aY 

The packet model gives the local instantaneous heat transfer 
coefficient in terms of a penetration mechanism as: 

h, = p;;;y - (1) 

Here, T~ is the time for which the packet was in contact with the 
heat transfer surface. Although such detailed models describe the 
means by which surface-to-bed heat transfer takes place, they are 
of limited application because they require a knowledge of pa- 
rameters which are not easily available (Botterill, 1975; Ozkaynak 
and Chen, 1980). 

For large-particle fluidized beds, a gas convection model of heat 
transfer was proposed by Adams and Welty (1979). In their work, 
the heat transfer from a horizontal tube is modeled using boundary 
layer equations for the gas phase. The average interstitial gas ve- 
locity is calculated from an approximate analytical solution of the 
two-phase flow equations. The mechanism of heat conduction to 
the solid phase is neglected. A transfer mechanism by means of 
turbulence is introduced. Such a mechanism was earlier used by 
Galloway and Sage (1970). The particle sizes used in both of the 
studies mentioned above are about an order of magnitude larger 
than those considered here. 

Since the advent of high-speed computers, there have been at- 
tempts by several organizations-Systems, Science and Software, 
JAYCOR, and IIT-to model the fluidized bed using a continuum 
approach. As an example, Gidaspow and Ettehadieh (1983) re- 
cently demonstrated that the hydrodynamics in a two-dimensional 
fluidized bed may be described by a set of two-phase flow equa- 
tions. In such a formulation the solid particles are represented as 
a continuous particulate phase. This approximation is valid due to 
the relatively small size of the individual solid particles in com- 
parison to the bed dimensions. 

HYDRODYNAMIC MODEL 

Hydrodynamic models of fluidization use the principles of 
conservation of mass, momentum and energy. Table 1 shows the 
continuity and the separate phase momentum equations for two- 
dimensional transient two-phase flow. There are six nonlinear 
coupled partial differential equations tor six dependent variables. 
The variables to be computed are the void fraction E ,  the pressure 
P ,  the gas velocity components U ,  and V,, and the solids velocity 
components Us and V,, in the x and y directions, respectively. The 
equations are written in a form found in the K-FIX computer code 
(Rivard and Torrey, 1977) for gas-liquid flow. The sum of the solids 

and the gas momentum equations gives the mixture momentum 
equations. These mixture momentum equations and the continuity 
equations are generally accepted by the majority of two-phase flow 
investigators. However, the presence of the gradient of pressure 
in the solid momentum equations makes the initial value problem 
ill-posed, as discussed in detail by Lyczkowski et al. (1978). This 
leads to an unstable solution. To overcome this problem, a normal 
component of solids stress, sometimes associated with solids pressure 
or particle to particle interaction is kept in the K-FIX equations. 
Stresses associated with gas and solids viscosities have been deleted. 
The numerical value of the stress used is very small. In addition to 
helping stability, this extra force keeps the particles from collapsing 
to unreasonably low gas volume fractions, similar to that in the 
hydrodynamic model of Pritchett et al. (1978). However, unlike 
the Garg and Pritchett model (1975), the hydrodynamic model has 
only one major empirical input. It is the well-accepted drag cor- 
relation, given by p. Garg and Pritchett also do not use the mo- 
mentum equation for the gas in the form shown in Table 1. They 
use Darcy’s law in its place. However, at this level of accuracy, 
differences between investigators are beginning to appear. For 
example, Gidaspow (1978) cured the ill-posedness problem by 
deriving a relative velocity equation using non-equilibrium ther- 
modynamics. Arastoopour and Gidaspow (1979) compared the 
numerical results of three hydrodynamic models for pneumatic 
transport and found them to be very similar. The drag correlation 
has such a large effect that it dampens difference between the 
models, once one uses the same mixture momentum equations. In 
view of this the K-FIX model properly stabilized is a reasonable 
model for two phase flow calculations. The boundary conditions 
(BC) used are as follows: 

BCI: At y = 0 we have p,V, = Cj;  that is, we prescribe a con- 
stant gas mass flux through the distributor plate. 

BC2: At y = L ,  we have P = atmospheric and V, = 0 that is, we 
have a wire mesh to prevent solid carry-over from bed. 

BC3: At x = 0, Us = U, = 0, and V, = 0; that is, we have a solid 
wall with no slip. 

BC4: At x = W, Us = Ug = 0, and V, = 0 that is, we have a solid 
wall with no slip. 
The initial condition is assumed to be that of minimum fluidiza- 
tion. 

The space above the dense portion of the fluid bed, called the 
free board, is of the same size as the initial bed height and is pro- 
vided to allow for bed expansion. At time zero the gas flow rate is 
increased. Figure 1 shows the bed dimensions, the typical particle 
diameter, and the other data used in the numerical calculations 
reported here. 
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Figure 1. Typical data for numerical cornputatlons. 

Fluid Particle Drag 

The major empirical input in this cold bed model is the fluid- 
particle coefficient, p. It is obtained from standard correlations as 
follows. 

According to Wen and Yu (1971), for porosities less than 0.8 the 
pressure drop due to friction between gas and solids can be de- 
scribed by the Ergun equation. Thus the friction coefficient in this 
porosity range becomes, 

Rietma and Mutsers (1973) have also found a similar expression 
for p whose reciprocal they call mobility. 

Wen and Yu (1965) have extended the works of Richardson and 
Zaki (1954) to derive an expression for pressure drop prediction 
in particulate beds. For porosities greater than 0.8 such a relation 
for pressure drop leads to the following expression for the friction 
coefficient. 

where Cd,, the drag coefficient in y direction, is related to Reynolds 
number (Rowe, 1961). 

(4) 

CD, = 0.44 Re,, 2 1,OOO (5) 

24 
CD, = - (1 + 0.15Re,0a7), Re,, < 1,OOO 

Re,, 

where 

In Eq. 3 f ( ~ )  shows the effect due to the presence of other par- 
ticles in the fluid and acts as a correction to the usual Stokes law for 
free fall of a single particle. We use 

f(€)  = €--2.= (7) 

The expression for the friction coefficient in the x direction is the 
same as that in the axial direction, y. 

Solids Stress 

In a general formulation the solids momentum equations would 
contain solids stress terms that are a function of porosity, pressure, 
and the displacement tensors of solids velocity, gas velocity, and 
relative velocity. Such a general formulation with proper values 
of material constants does not exist today. However, as already 
described, it is necessary to use the normal component of the solids 
stress to prevent the particles from reaching impossibly low values 
of void fraction. Rietma and Mutsers (1973) have introduced such 
a term into fluidization modeling and have made measurements. 
Measurements of such a stress for settling showed it to be quite 
small compared with the hydrostatic pressure. In view of the pre- 
vious theory and measurements, the constitutive equation for the 
normal component of the stress 7 is 

7 = 7(€) 

Then by chain rule, 

(8) 
37 bT b€ 
by a€ by 

Using the nomenclature of Pritchett et a1 (1978), let the modulus 
of elasticity or particle-to-particle interaction coefficient be 

-=-.- 

d7 
a€ G(€) = - (9) 

In this study this modulus is fitted to the experimental data of 
Rietma and Mutsers (1973) by the equation 

-C(€) = 10(-8.766+5.43), N/m2 (10) 

This term becomes of numerical significance only when the void 
fractions go below the minimum fluidization void fraction. It also 
helps to make the system numerically stable, because it converts 
the imaginary characteristics into real values. 

Fanucci, Ness, and Yen (1979) have obtained the characteristic 
directions for one-dimensional incompressible flow for the set of 
equations shown in Table 1. Their paper shows one of their char- 
acteristics, C, to be 

The above relation shows that as the void fraction goes to zero, 
-G(E) becomes large and makes the characteristics real. In practice 
we find that this extra stress permits us to continue calculations in 
time without a loss of material balance. Without this term, the 
K-FIX code gave results that showed a loss of mass after about 0.7 
seconds of operation even with a very strict convergence crite- 
rion. 

ENERGY EQUATIONS 

The energy equations are also written in a form found in the 
K-FIX computer code (Rivard and Torrey, 1977) as given 
below: 
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FIgure 2. Fluid-to-particle heat transfer. 

These equations can be derived from the single-phase equations 
using the volume averaging technique and approximating some 
of the resultant surface integrals. Note that the two-phase consti- 
tutive equations are different from the single-phase constitutive 
equations. The gas phase being continuous, its constitutive equa- 
tions need not be modified. The gas phase is considered to be ideal 
and its specific heat and thermal conductivity are considered to 
be constants. For the particulate phase, the specific heat is the same 
as that for the material of the particles. However, particulate phase 
heat transfer and interphase heat transfer need further consider- 
ations. 

INTERPHASE HEAT TRANSFER 

The interphase heat transfer term is written in the form h,(T, 
- T,) .  The heat transfer occurs primarily through a gas film sur- 
rounding the individual particle. We have to use empirical cor- 
relations for predicting L. There are a large number of correlations 
available for packed bed gas-solid heat transfer. Some of them may 
be adapted for fluidized bed conditions. Three correlations from 
Zabrodsky (1966), Gelperin and Einstein (1971), and Wakao et al. 
(1978) are shown in Figure 2 for comparison. The former two 
correlations are suitable for fluidized bed interphase heat transfer. 
However, these correlations are known to differ from certain ex- 
perimental data by 100 to 200%. In this study we use correlations 
taken from Zabrodsky. Also, the interfacial area needed for com- 
puting h, is calculated based on the surface area of equal size 
spherical particles. It is known that if a hot gas is injected into a cold 
bed, the gas is quenched by the time it flows past the first row of 
particles. Simulations using Zabrodsky’s correlations predicted the 
rapid quenching of a hot gas flowing into a cold fluidized bed. 
Moreover, since the difference in temperature between the phases 
is not large, the error due to the use of the above correlations can 
be neglected. 

PARTICULATE PHASE HEAT TRANSFER 

The heat transfer between the particles poses a major difficulty 
in formulating the equations. In Eq. 13 it is written in the standard 

0 
0.0  0.2 0.C 0 . 6  0‘8 

POROSI 1 Y 

Figure 3. Effective bed conductivity as a function of porosity. 

Fourier-law form of b/bx(K,(l - E)bT/dx) ,  etc. Here K ,  is not 
the conductivity of the material of the particles, but that of a col- 
lection of particles considered together as a particulate phase. There 
is no work known to the authors dealing with the constitutive 
relation for K,  in a fluidized bed. In the detailed models proposed 
so far particle-tc-particle interaction is usually neglected, assuming 
point contact between the particles. Bauer and Schlunder (1978) 
point out that in a packed bed, point contact between the particles, 
which is usually assumed, does not correspond to the actual situa- 
tion, In a fluidized bed the situation is slightly different due to the 
collisions and abrasions among the particles. It will be seen later 
that these phenomena appear to enhance the particulate phase heat 
transfer in a fluidized bed. In this study the particulate phase heat 
transfer is assumed to be significant. 

Particle-tc-particle transfer is a complex phenomenon, involving 
contact conductance, conduction through the thin layer of gas 
sticking to the particles, and radiation. Thus there might be some 
overlap of mechanisms when empirical correlations are used for 
calculating interphase heat transfer and particulate phase heat 
transfer. However, this is not a great concern here since in the near 
wall region where the particulate phase heat transfer is significant, 
the interphase heat transfer is insignificant. 

There is not a great deal of experimental evidence on the role 
of particulate phase heat transfer. Conclusions based on the de- 
pendence of heat transfer coefficient on the thermal conductivity 
of the particulate material, K,, might be misleading. In a model 
proposed by Botterill(1975), there is a strong dependence of the 
heat transfer coefficient on the thermal conductivity of the par- 
ticulate material. Zabrodsky et al. (1978), however, cite experi- 
mental data in which fluidization using glass beads and copper shots 
gave similar heat transfer coefficients. Thus they conclude that at 
large residence times of particles at the heat transfer surface the 
influence of K ,  is negligible. Although the above assertion may be 
partly true, the particulate phase heat transfer is by no means in- 
significant. Wen and Chang, as cited by Botterill (1975), estimate 
that 10 to 35% of the total heat was transferred by particle-to- 
particle transfer. Another way of analyzing this mode of transport 
might be by looking at the effective conductivities of packed beds, 
as shown in Figure 3. There a correlation due to Baskakov (Gelperin 
and Einstein 1971) for effective bed conductivity is shown together 
with the two extreme conditions: K ,  = K ,  and K ,  = 0. The fallacy 
of K,  = 0 is obvious. Also shown is a theoretical prediction due to 
Maxwell (Parrott and Stuckes, 1975) in which he considers the 
dispersed phase as being covered by a film of continuous phase to 
get the effective conductivity of the mixture as: 

Even this model predicts a conductivity smaller than that of 
Baskakov’s. Hence, we conclude that it is essential to consider 
particulate phase heat transfer and that this mode of transport takes 
place parallel to the gas phase heat transfer. 
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Flgure 4. Zehner and Schliinder model for etfecllve radial conductiv~y of solids 
in a packed bed. 

A good approximation for the particulate phase conductivity 
is the effective radial thermal conductivity of solids in a packed 
bed. Nayak and Tien (1978) used a statistical thermodynamic 
approach to calculate the coordination number distributions and 
subsequently to calculate the lattice conductivity using a Holm 
formula. This appears to be a promising approach for modeling 
fluidized bed particulate heat transfer. However, such an extension 
is not being attempted here due to the lack of sufficient experi- 
mental data to test the model. Here we use a model due to Zehner 
and Schlunder (Bauer and Schlunder, 1978) for the effective radial 
conductivity of packings. Neglecting the radiation and Smolu- 
chowski effects, the equations reduce to the following: 

where 

1 - € l O / Q  
B = 1.25 (T) for spheres 

+ = 7.26 10-3 

For a glass/air system the above formula is shown in Figure 4. Note 
that in the operating region of fluidized beds ( E  > 0.4), K, is sig- 
nificantly smaller than K ,  and is more comparable to K,. This 
might be the reason for the apparent absence of the influence of 
K ,  on the heat transfer coefficient as reported by Zabrodsky et al. 
(1978). 

In some of the detailed models it is customary to assume a gap 
of 0.1 d p  between the particles and the wall. Although there is an 
increase in the bed porosity near the wall (Ozkaynak and Chen, 
1980; Pillai, 1977), it is not realistic to assume such a gap in a con- 
tinuum model. For an average bed porosity of 0.45, Gelperin and 
Einstein (1971) use a wall porosity of 0.476. Such a wall effect is 
neglected in this study. 

NUMERICAL SOLUTION 

The set of nonlinear partial differential equations is solved for 
Us,  U,, V,, V,, E ,  Tg ,  T ,  and P using the ICE method. (Rivard and 
Torrey, 1977; Ettehadieh, 1982). Velocities of each phase are 
centered on the cell boundaries. Quantities such as density, porosity 
temperature, and pressure are centered at the center of the mesh. 
Porosities at other locations are found by linear interpolation. Flux 

t 7 
O0.0 0 .2  0 . 4  0 . 6  0.6 1.0 

T I M E ,  S 
Figure 5. Convergence as the number of subcells Is Increased. 

terms in continuity and momentum equations are full donor-cell 
differenced. Convective terms in the momentum equations are 
advanced in time explicitly, whereas all exchanges of mass, mo- 
mentum, and energy, when they occur, are treated implicitly. The 
resulting finite difference equations are solved by a combination 
of point relaxation, Newton’s method, and the secant iteration 
method, without any linearization. 

Due to the vigorous circulation of the solids, the bulk of the 
fluidized bed is practically isothermal. Trial simulations proved 
that the significant mechanism in the bed-to-wall heat transfer is 
a transient transport phenomenon very close to the wall. This 
conforms to the packet model of Mickley and Fairbanks in which 
they consider the mechanism to be transient conduction to a packet 
of particles which resides at the heat transfer surface for a short 
while. Also there is no evidence of a steady-state film of gas or solids 
near the wall offering a resistance to heat transfer (Saxena et al., 
1978). For “capturing” such a transient phenomenon we need 
much finer computational cells near the wall than those used for 
the hydrodynamic simulation. Thus for the solution of the energy 
equations near the wall the regular computational cells are sub- 
divided into subcells. The number of subcells was increased until 
convergence was obtained, as shown in Figure 5. 

The primary goal in this study has been to use the continuum 
approach to model fluidized bed heat transfer and to establish that 
the enhancement of the heat transfer coefficient is predictable 
using simple mechanisms. In addition, we compare our results with 
the experimental data of Ozkaynak and Chen (1980) for a vertical 
tube immersed in a uniformly fluidized bed. In a uniformly gas- 
fluidized bed, bubbles form at random over the distributor plate. 
However, there is a preferential formation of bubbles near the wall, 
due to the higher porosity in that region. In the computer simula- 
tion, we use a non-uniform gas flow rate at the distributor plate; 
the gas flow rate near the wall is higher compared to the rest of the 
bed. However, it was found that the average heat transfer coeffi- 
cient is insensitive to any particular gas flow rate distribution and 
that it is sensitive only to the total gas flow rate. A summary of the 
important simulation conditions which are identical to those of 
Ozkaynak and Chen’s experiment is shown in Table 2. 

TABLE 2. COMPUTER SIMULATION CONDITIONS 

Particle Diameter (pm) 610 
Particle Thermal Conductivity (W/m.K) 0.89 
Particle Heat Capacity (J/kg.K) 753.6 
Particle Density (kg/m3) 2.470 
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Figure 6. Bubble propagatlon In the fluidized bed. 
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Figure 7. Average bed-to-wall heat transfer coeflicients for dinerent gas flow 
rates. 
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RESULTS AND DISCUSSIONS 

In Figure 6 the bed porosity is shown as a density plot for a 
typical simulation run. The evolution and propagation of a large 
bubble in the initial period can be easily seen. This bubble leaves 
the bed at about 0.4 s. By 0.5 s the start-up transients settle down 
and thereafter the simulation correctly predicts the propagation 
of small bubbles (Gidaspow et al., 1983). 

In Figure 7 the transient bed averaged heat transfer coefficients 
for various gas flow rates are shown. The bed averaged wall-to-bed 
heat transfer coefficient is defined as: 
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Figure 12. Contributions to heat transfer due to gas phase and particulate 
phase conduction. 

The transient behavior is similar in all the cases. Initially there 
is a rapid decay in the value of heat transfer coefficient as a tem- 
perature profile develops into a nearly static bed. But there are two 
more phenomena taking place simultaneously in the bed: (1) bed 
circulation, which disrupts the development of the temperature 
profile and thus tends to increase the heat transfer Coefficient, and 
(2) growth and propagation of the start-up bubble, which tends to 
decrease the heat transfer coefficient. The effect of above three 
mechanisms is more pronounced at higher gas flow rates. The 
start-up transients disappear by the end of 0.5 s. Hence, we com- 
pute the time averaged heat transfer coefficients by integrating 
the instaneous heat transfer coefficients from 0.5 to 1 s. 

In Figure 8 the average heat transfer coefficients are plotted as 
a function of U - U,f, together with experimental data of Oz- 
kaynak and Chen and the predictions of a correlation due to 
Wender and Cooper (Ozkaynak and Chen, 1980). Curve 1 shows 
the theoretical predictions when K ,  = K,. As expected, the pre- 
dictions are much higher than the experimental values. However, 
the theory correctly predicts the sharp rise in the heat transfer 
coefficients in the beginning, and the leveling off thereafter. Curve 
2 shows the theoretical predictions when the Zehner an d Schlunder 
model for K ,  was used. Now the theoretical predictions are rea- 
sonably close to the experimental data. It may be that the actual 
K ,  should be higher than that predicted by Zehner and Schliinder 
model. It must be emphasized that no fitting parameters have been 
used in the computer simulations. It can be seen that the prediction 
of the continuum model is superior to the predictions of the cor- 
relation. 

In Figure 9, the propagation of thermal waves into the bed is 
shown for different time intervals after startup. Ozkaynak and 
Chen (1980) observe that the thermal waves penetrate up to a depth 
of one particle diameter from the wall. In Figures 9a and 9b we 
observe the same phenomena. It is seen that as time passes the 
temperature profile becomes steeper. After about 0.4 s the change 
in the temperature profile is not much; i.e., some kind of a “thermal 
equilibrium” has been reached near the wall. It is also seen that the 
behavior of the thermal waves at different gas flow rates is sim- 
ilar. 

In Figure 10 the instantaneous local heat transfer coefficients 
at two different locations in the bed are shown. The effect of the 
start-up transients is visible at both the locations. At the higher 10- 
cation, which is nearly at the top of the bed, the start-up transients 
may be seen to leave the bed at about 0.5 s. After this there are 
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nearly regular fluctuations in the local heat transfer coefficients. 
In Figure 11, the porosity, axial gas velocity, and axial solid velocity 
at the lower location are shown. Qualitatively we can correlate the 
local heat transfer fluctuation to the local porosity fluctuation. To 
some extent there are some fluctuations in the local gas velocity also, 
whereas the local solids velocity remains steady. However, from 
the above figures it is clear that the behavior of the heat transfer 
coefficient is not amenable to a simple qualitative treatment. 

One of the useful aspects of the continuum approach is its ability 
to provide detailed information on the local behavior of the vari- 
ables. Figures 9 and 11 are examples. Further, in Figure 12 the 
contribution to the heat transfer coefficient from the particulate 
phase and gas phase heat transfer are shown. Such quantities are 
not easy to measure. 

The model can now be extended to fluidized bed combustors. 
Conservation of species equations for oxygen, carbon monoxide, 
carbon dioxide, and pollutants such as SO2 and NO,, can easily be 
added to the present computer code. Location of hot spots can be 
predicted. There is also the potential of extending the model to 
multiparticle size situations. The presence of fines may alter the 
heat transfer coefficients to some extent. 

NOTATION 

= defined in Eq. 15 
= drag coefficient 
= specific heat of “packet,” J / k g K  
= diameter of solid particles, m 
= gravitational force per unit mass, m/sz 
= wall-to-bed heat transfer coefficients, W/m2.K 
= interphase heat transfer coefficient, W/m3-K 
= specific internal energy of gas, J/kg 
= specific internal energy of solids, J/kg 
= thermal conductivity of “packet,” W/mK 
= thermal conductivity of gas phase, W/m.K 
= thermal conductivity of solid phase, W/m.K 
= thermal conductivity of particles, W/mK 
= modulus of elasticity, particle-teparticle interaction 

= Nusselt number 
= pressure, Pa 
= average heat transfer to wall, W/m2 
= defined in Eq. 15 
= solids Reynolds number 
= gas phase temperature, K 
= solid phase temperature, K 
= average bed temperature, K 
= time, s 
= lateral gas velocity, m/s 
= lateral solid velocity, m/s 
= minimum fluidization velocity, m/s 
= axial gas velocity, m/s 
= axial solid velocity, m/s 
= coordinate in lateral direction, m 
= coordinate in axial direction, m 

coefficient, N/m2 

Greek Letters 

7 

= fluid-particle friction coefficient in the r and y di- 
rections, kg/m3-s 

= gas volume fraction 
= defined in Eq. 15 
= solids stress, related to particle-to-particle pressure, 

= packet residence time, s 
= gas viscosity, kg/m-s 
= gas density, kg/m3 
= solid and particle densities, kg/m3 
= density of “packet” 
= sphericity 
= defined in Eq. 15 

N/m2 
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Evaluation of Changeover Control Policies 
by Singular Value Analysis-Effects of 
Scaling 

A method for assessing control performance at different operating conditions HENRY LAU and K. F. JENSEN 
in a chemical process is developed using singular value analysis. The control po- 
tential of the system is established by analyzing the singular values of the steady- 
state system matrix. Dynamic considerations and interaction analysis can be in- 
cluded in the framework of the method described. The approach enables the pro- 
cess engineer to consider controllability of the process as well as economics in 
synthesizing a changeover control policy. Singular values depend on the scaling 
of the system, i.e., the definition of the physical dimensions of the system. The ef- 
fects of scaling on the analysis are first investigated by scaling the steady-state 
system matrix with empirical methods, equilibration, and geometric scaling. Using 
the insights gained from these studies a scaling method, variable normalization 
and equation equilibration, which is intuitively appealing and suited for the pur- 
pose, is devised. Two typical chemical systems, continuous stirred tank reactor 
and a polymerization reaction system, demonstrate the usefulness of this 
method. 

Department of Chemical Engineerlng and 
Materials Science 

University of Minnesota 
Minneapolis, MN 55455 

SCOPE 

The design of flexible chemical processes is an important 
problem facing a process systems engineer. The problem may 
be structured on three levels: (i) design of regulatory control 
structures, (ii) design of changeover control policies, and (iii) 
design of process structures. As one proceeds up the hierarchy, 
the flexibility of the system increases. 

At the bottom level (i), the flexibility lies in the ability of the 
engineer to select various control interconnections to regulate 
the process. Several methods are described in the literature for 
selecting these interconnections (Bristol, 1966; Tung and Edgar, 
1977; Witcher and McAvoy, 1977; Morari and Stephanopoulos, 
1980; Romagnoli et al., 1980; Govind and Power, 1982; Gagne- 
pain and Seborg, 1982; Lau et al., 1985; Jensen et al., 1982). 
However, the operating conditions and the process intercon- 
nections remain fixed. 

At the intermediate level (ii), the operating conditions can be 
changed if better economic and control performance can be 
achieved. Consequently, both the control interconnections and 
the operating conditions can be altered. Algorithms also exist 
for selecting optimal conditions and for synthesizing the oper- 

H. Lau is currently with Shell Development a., Westhollow Research Center, Houston, TX 
77001. 

ating route to change from the current conditions to the new 
conditions (Arkun and Stephanopoulos, 1980; Prett and Gillette, 
1980; Bamberger and Isermann, 1978; Garcia and Morari, 
1981). 

At the highest level (iii), the interconnections between process 
units become design variables in achieving the desired eco- 
nomic and operational goals. This lends a high degree of flexi- 
bility to the process. Morari and his coworkers (Lenhoff and 
Morari, 1982; Marselle et al., 1982; Morari, 1982,1983; Morari 
et al., 1983) have studied this problem extensively, making sig- 
nificant advances toward the integration of process design, 
process operation, and process control. 

In this paper we describe a method for evaluating the con- 
trollability of a process by singular value analysis. By plotting 
contours of the minimum singular value and the condition 
number of the steady-state system matrix over the feasible re- 
gion, defined by the state and constraint equations, we can 
visualize the sensitivity and operability of the process system. 
This in turn provides a tool for designing changeover control 
policies. We also demonstrate how the concept of structural 
controllability of the system as defined by Morari and Stepha- 
nopoulos (1980) may be quantified through singular value 
analysis. 
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